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ABSTRACT: The design of an intensified reactive distillation (RD) configuration for the
production of 2-methoxy-2-methylheptane (MMH) was proposed. Conventionally, a high
yield of MMH can be achieved by a large-sized reactor or by recycling 2-methyl-1-heptene
(MH). Both strategies are associated with high capital and operating costs. This study
proposed an innovative RD configuration that allows the production of MMH with
significantly lower energy costs and total annual costs (TACs). The results demonstrate
that the proposed RD configuration can reduce energy demands and total annual costs by
up to 18.2, and 10.8%, respectively, compared to those for a conventional reactor column
sequence for the desired MMH yield. In addition, different heat integration sequences were
investigated to utilize the sensible heat to save energy and the subsequent TAC. One heat
integration sequence for the proposed configuration further realized savings in energy and
TAC by up to 36.7 and 21.8%, respectively.

1. INTRODUCTION

The development of the lead-containing compounds added to
gasoline to minimize knocking has gained tremendous
importance.1 Methyl tert-butyl ether (MTBE) has been
considered an important “oxygenate” to raise the oxygen
content of gasoline. However, restrictive energy and environ-
mental policies have banned the use of MTBE as a fuel additive
in gasoline due to its solubility in water and its widespread
detection in groundwater.2 This led to increased interest in
higher-molecular-weight ethers that exhibit significantly de-
creased solubility. One viable alternative is the chemical 2-
methoxy-2-methylheptane (MMH), produced through an
etherification reaction between 2-methyl-1-heptene (MH) and
methanol (MeOH).3 However, the main barrier to this
approach is the high investment and operating costs associated
with the conventional process that uses a reactor followed by
three distillation columns in sequence. High yield of the desired
product MMH could be achieved by using a large-sized reactor
or an excess of MH. Both strategies are associated with high
capital and operating costs. For a specified yield of MMH,
Luyben3 studied the optimum values of reactor vessel sizes and
recycle flow rates to minimize the total annual cost.
Furthermore, Griffin et al.4 studied the effect of high and low
values of an equilibrium constant for the optimum operating
conditions for the MMH plant. By designing innovative
equipment and implementing more energy-efficient production
processes, practical solutions can be found to overcome the
constraints imposed on various raw materials and products.
Process intensification is a novel design strategy that aims to
improve existing processes by reducing equipment size, energy
consumption, and overall plant footprint.5,6 RD falls into the
category of process intensification because of its potential to
integrate a conventional reactor column sequence into a single
shell to improve the performance of reactive processes.

Currently, more than 150 RD columns with annual capacities
of 100−3000 kt are in operation worldwide.7 A huge scholarly
database dealing with the modeling, simulation, and industrial
applications of RD can be found elsewhere.8−11 Industrial RD
columns for etherification reactions, especially for the MTBE
process, have seen tremendous growth across the world over the
last few decades, with improved capital and operating savings.
The MTBE process is, in fact, the largest application of RD in
terms of the number of columns and production capacity,12 but
the future is uncertain due to the legislation that prohibits its use.
The growing interest in the chemical MMH to replace MTBE
necessitates an increase in the capacity in a cost-effective way to
meet the increasingly growing market demand.
Heat integration and intensification is another promising

practical technique for minimizing the energy consumption of
distillation processes. The latent and sensible heat of the process
stream is circulated into the processes for exergy destruction.
Several studies deal with the implementation of heat-integration
in reactive distillation systems for enhancing energy effi-
ciency.6,13−16

This paper proposes an innovative RD configuration that
allows the production of MMH with significantly lower energy
and operating costs. During the design, the temperature
limitation of an acid resin catalyst was overcome by selecting
the appropriate reactive zone, reflux ratio, catalyst holdup, and
the suitable column pressure. This study further emphasized the
potential benefits of heat integration for the proposed RD
column configuration to replace the conventional energy-
intensive MMH production process.
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2. PROCESS STUDIED
The proposed study is based on the conventional flowsheet for
making MMH taken from the works of Luyben3 and Griffin et
al.4 to verify the feasibility of RD configuration. The reaction
mechanism involves the desired reversible reaction (eq 1)
between methanol (MeOH, CH3OH) and 2-methyl-1-heptene
(MH, C8H16) to form 2-methoxy-2-methylheptane (MMH,
C9H20O). The same reactants produce dimethyl ether (DME,
C2H6O) and 2-methyl-2-heptanol (MHOH, C8H18O) as
byproducts in an undesirable irreversible reaction (eq 2).

CH OH C H C H O3 8 16 9 20+ ↔ (1)

2CH OH C H C H O C H O3 8 16 2 6 8 18+ ↔ + (2)

The corresponding rate equations in terms of the mole fraction
for the desired and undesired reactions are represented by eqs 3
and 4, respectively:

R k X X k XD Df MeOH MH Dr MMH= − (3)

R K X( )U U MeOH
2= (4)

where kDf and kDr are the forward and backward rate constants
for the desired reaction. KU is the rate constant for the undesired
reaction. Table 1 lists the values of reaction rate constants and
the activation energies for both reactions.4

2.1. Catalyst.The industrial grade Amberlyst 35Wet (Rohm
& Haas) catalyst, which is a macroreticular, strongly acidic,
cationic, polymeric catalyst was used to report the kinetic data
for this etherification reaction.17 As per Dow chemical product
data sheet,18 the maximum operating temperature and the
density are 150 °C and 800 g/L, respectively.
2.2. Conventional Process. The simplified flowsheet for

the conventional process of producing MMH is illustrated in
Figure 1. The reaction betweenMeOH andMH is carried out in
a fixed bed catalytic reactor. The reactor effluent containing
DME, MMH, MHOH, and unreacted MeOH and MH is fed to
column C1. Column C1 separates the DME with mole purity of
up to 99.9%. The bottom stream originating from the C1

column is fed to column C2. The unreacted reactants are
separated fromMMH in columnC2 and are recycled back to the
reactor from the distillate. Column C3 further purifies the desire
product MMH and undesired MHOH up to a mole fraction of
99.9% as the distillate and bottom product, respectively.

2.3. Feasibility of RD for 2-Methoxy-2-methylheptane
(MMH). An article by Griffin et al.4 suggested that the reaction
mechanism for MMH production is a possible candidate for a
reactive distillation configuration, which can offer significant
advantages. However, to ensure the feasibility of reactive
distillation, the methodology adopted is based on an article by
Shah et al.19 For preliminary design, they provide guidelines and
recommended values for (e.g., reaction/separation temperature
difference, chemical equilibrium constant Keq, rate constant for
main reaction, side reaction temperature, and the production
capacity) to verify the economic feasibility of the RD process.
The step by step procedure to perform feasibility analysis is
shown in Figure 2. The process chemistry of MMH involves a
reversible desired reaction that exhibits the problem of limiting
chemical equilibrium conversion. In addition, the main reaction
is associated with an undesired irreversible reaction that
produces byproducts. Reactive distillation is a wise choice as it
has ability to overcome the equilibrium limitations and enhance
selectivity when there are byproducts formation. Another
criterion for economic feasibility of reactive distillation is the
temperature compatibility between the reaction [TR‑main] and
the distillation [TD] operation. This temperature difference [TD
− TR‑main] should not exceed 50 °C. In the conventional process
of MMH, the reaction occurs at 400 K due to catalyst activity,
whereas the temperature of MMH distillation column is 426 K.
As the temperature difference between the separation and
reaction is lower than 50 °C, conducting this reaction in a single
unit can offer significant advantages. The chemical equilibrium
constant (Keq) has significant effects in the design of the RD
column. For conventional RD processes, the recommended
value of Keq should be greater than 1. The equilibrium constant
for the desired reaction can be determined by kf/kr. On the basis
of Table 1, the equilibrium constant (Keq, at 423 K) gives a value
of 316, which confirms that the MMH system has the most
favorable reaction kinetics to be implemented for RD column
design. The specific reaction rate for the main reaction should be
higher than 10−5 kmol/kg·sec to avoid large liquid holdups. For
the MMH reaction, the specific reaction rate for main reaction is
significantly higher which confirms the economic feasibility of
reactive distillation. For RD processes, the selectivity toward the
desired product could be reduced due to byproduct formation.
Therefore, the operating temperature of RD column [TRD]

Table 1. Kinetic Parameters. Adapted from ref 3. Copyright
2010 American Chemical Society

kmol s−1 kgcat−1 kJ kmol−1

kDf 6.7 × 107 EDf 90000
kDr 2.1 × 10−6 EDr 900
kU 1.3 × 109 EU 105900

Figure 1. Conventional flowsheet for producing MMH. Adapted from ref 3. Copyright 2010 American Chemical Society
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should be lower than that of side reactions [TS]. For the MMH
process, the temperature of the side reaction is significantly
higher than the RD operating temperature. Furthermore, the
RD is also attractive in terms of gross profit as the MMH
production rate is 62 kt/year which is higher than the range
(0.5−1.0 kt/year) where RD is economical feasible.

3. PHASE EQUILIBRIUM

The base case by Luyben3 and Griffin et al.4 provided the
sketchy information about the conventional flowsheet of 2-
methoxy-2-methylheptane. In addition, their flowsheet provides
the reaction kinetics and the desired production rate. The intent
of this paper is to present preliminary results of a reasonable
conceptual design based on reactive distillation configuration.
However, the feasibility of RD requires valid vapor−liquid
equilibrium data. This data is essential in order to obtain the
residual curve maps (RCM). Since, there is no VLE data
reported in the literature, all the unit operations were simulated
using Aspen Plus built-in “UNIQUAC” physical property
method, as suggested by Luyben3 in the conventional process.
The built-in UNIQUAC thermodynamic model only provides
binary interaction parameters betweenMeOH andDME. For all
other separations, this study assumes ideal vapor−liquid
equilibrium behavior to propose the feasibility of RD
configuration. The components MMH and MHOH were
generated using the molecular structures (Figure 3) because
they were not available in the Aspen databank. The result for the
base case was retrieved to confirm the phase equilibrium
diagrams for separation. Figure 4 panels a and b show the T−xy
diagrams for separating DME/MeOH andMMH/MHOH used
in this simulation, respectively.

4. PROPOSED CONFIGURATION
4.1. RD Column. The newly proposed configuration based

on the RD column is shown in Figure 5. The RD column has 35
total stages. There is no rectifying section; the reactive zone is
between stages 2 and 12, followed by the stripping section at the
bottom. The stages are numbered according to the Aspen Plus
stage notation with stage 1 and stage 35 being the condenser and
reboiler, respectively. The fresh MeOH stream as a low-boiling-
point reactant is fed at stage 13, while the fresh MH stream as a
heavier reactant combined with a recycle stream of a total of
128.98 kmol/h is introduced at stage 1. The column is operated
at 1.77 atm. The high MH/MeOH ratio makes this process a
suitable candidate for RD implementation. A total estimated
load of 660 kg of acid resin catalyst per stage was used within the
reactive zone. The column diameter from liquid holdup
calculation was estimated as 3.90 m.

4.2. Column C2. The distillate from the RD column is fed to
stage 5 of a 12-stage C2 column. Column C2 serves the purpose
of delivering high-purity DME as the distillate product as a green
energy source, while the unreactedMeOH andMH are recycled
at the bottom. The normal boiling point of DME is 248.2 K. The
operating pressure of column C2 was set at 10 atm, a value that

Figure 2. Feasibility flow diagram of MMH process for RD application.

Figure 3. Molecular structures for MMH and MHOH. Adapted from
ref 3. Copyright 2010 American Chemical Society.
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permits the use of cooling water in the condenser. The small
distillate stream of 0.518 kmol/h with 99.9 mol % DME gave a
condenser duty of 0.0045 MW. The bottom stream contained
the unreacted MeOH and MH, which were recycled to the RD
column. The reboiler duty was 0.72 MW with a base
temperature of 501.9 K, which used high-pressure steam. The
column diameter from Aspen tray sizing was 0.83 m.
4.3. ColumnC3.ColumnC3 received a feed stream from the

bottom of the RD column. This column had a total of 15 stages
with stage 8 being the feed location. The distillate product was
49.02 kmol/h with 99.9 mol % MMH. The bottom was 0.49
kmol/h with 99.9% of undesiredMHOH. This column operated
under 0.1 atm pressure, giving 0.64 and 0.18MW condenser and
reboiler duties, respectively. The reflux drum temperature was
352 K and the temperature at the bottom was 401 K,
accompanied by low-pressure steam. The column diameter
was estimated as 1.42 m.

5. SENSITIVITY ANALYSIS
5.1. Optimization of MeOH/Overall MH Ratio. The

reaction chemistry for the MMH process also involves an
undesirable irreversible reaction that produces DME and

MHOH. To achieve a higher selectivity toward the desired
product MMH, the methanol concentration must be kept low in
the RD column, which requires a large recycle of MH from the
downstream separation section. The MeOH/overall MH feed
ratio is optimized for different MH recycles by using the
flowsheet design specification tool in Aspen plus. The fresh
methanol feed was fixed at 50 kmol/h. The results demonstrate
that small total MH recycle requires more catalyst weight per
tray to achieve design specification of 99% MMH yield and vice
versa. The corresponding energy costs also reduces as the
recycle flow rate decreases. The catalyst cost and the
corresponding column diameter however dominates the capital
investment with small recycle flow rates. Table 2 summarizes the
alternative design to obtained 99% MMH yield for different
combinations of required catalyst weight and total MH recycle.

Figure 4. VLE diagrams: (A) DME/MeOH at 10 atm and (B) MMH/MHOH at 0.1 atm.

Figure 5. Proposed RD configuration for the MMH process.

Table 2. Alternative Designs to Obtain 99% MMH Yield

total MH Recycle (kmol/h) 135 129.9 125.5
catalyst cost (106$) @10$/kg 0.0572 0.0726 0.132

C1/RD Column
H (m) 24.16 24.16 24.16
ID (m) 3.48 3.90 5.28
QR (kW) 1521 1340 1209
QC (kW) 3144 2917 2752
column vessel cost (106$) 0.857 0.968 1.337
exchanger capital costs (106$) 0.200 0.187 0.177
energy costs (106$/year) 0.429 0.379 0.343

C2 Column
H (m) 7.32 7.32 7.32
ID (m) 0.85 0.83 0.81
QR (kW) 770 725 691
QC (kW) 4.29 4.51 4.51
column vessel cost (106$) 0.073 0.071 0.070
exchanger capital costs (106$) 0.084 0.081 0.079
energy costs (106$/year) 0.240 0.225 0.215

C3 Column
H (m) 9.52 9.52 9.52
ID (m) 1.40 1.42 1.41
QR (kW) 166 186 178
QC (kW) 628 647 640
column vessel cost (106$) 0.154 0.156 0.155
exchanger capital costs (106$) 0.076 0.079 0.078
energy costs (106$/year) 0.050 0.055 0.053
Total Capital Cost (106$) 1.501 1.615 2.027
Total Energy Cost (106$/year) 0.718 0.660 0.611
TAC (106$/year) 1.218 1.198 1.287
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The design that gives minimum TAC is associated with 7260 kg
total catalyst with a total MH flow rate of 129.5 kmol/h.
5.2. Effect of Catalyst Holdup. Stage holdup has a

pronounced effect in the design of a reactive distillation column.
The extent of reaction at the reactive stages was examined by the
Damkohler number (Da), which is the ratio of the characteristic
residence time to the characteristic reaction time. The methanol
feed temperature (393 K) was chosen as the reference
temperature for calculating the value of the forward reaction
rate constant (kf, ref), leading to a value of 0.264 kmol h−1

kgcat−1. The catalyst weight was varied inside the reactive stages
to obtain different values of the Da using eq 5.

D
M k

Fa
cat f,ref=

(5)

whereMcat is the mass of catalyst and F is the total feed flow rate
to the RD column. The total feed flow rate to the RD column
was fixed at 178.98 kmol/h. A quick estimation of the
Damkohler number could determine whether the reaction rate
was slow or fast in the RD column. For low values of Da (Da ≤
0.1), the system is dominated by phase equilibrium, whereas
high values of Da (Da ≥ 10) correspond to a fast reaction rate
where chemical equilibrium is approached at the reactive stages.
If theDa does not lie between these values, then the process is in
fact kinetically controlled.20

The methanol conversion andMMH yield as a function of the
Damkohler number are illustrated in Figure 6a. The large value
of Damkohler number corresponding to the large catalyst
holdup showed better improvement in the reaction conversion
and yield profile. Up to 660 kg of the catalyst, the temperature of
the last reactive stage was within the permissible catalyst
deactivation temperature (423 K). The addition of more
catalyst, however, led to the catalyst deactivation temperature
being exceeded, as shown in Figure 6b. Therefore, the optimum
value of the Damkohler number was considered to be 0.97,
associated with 7260 kg of total catalyst, for achieving 99%
MMH yield. The impact of the catalyst holdup on process
intensification in the RD column is illustrated in Figure 6c,
where the reboiler and condenser heat duties first decrease and
then begin to increase with an increase in the Damkohler
number.
The philosophy behind understanding the impact of catalyst

holdup in the design of the RD column was further analyzed
through the net reaction rate profile, which has been plotted as a
function of the Damkohler number in Figure 7. The high peaks
showing a shift toward the bottom on increasing the Damkohler
number illustrate that the reaction mainly took place at the
bottom of the reactive zone, which is favorable in terms of
internal heat integration due to heat of reaction between the
reaction and separation processes.21 The fact is further clarified
upon considering the corresponding heat duty profiles for the
reboiler and condenser of the RD column (Figure 6c).
5.3. RD Column Sizing. Because of the hydraulic

limitations, the reactive holdup cannot be more than the system
liquid holdup, otherwise, the catalyst will fill full in the stage. The
following assumptions were made to size the column diameter:
(1) A reasonable liquid depth of 0.152 m (6 in.) was assumed,
(2) the catalyst Amberlyst 35 occupies half of a reactive tray, and
(3) the downcomer occupies 10% of the tray area.16 With these
assumptions, the diameter of the column was then determined
using eq 6 to accommodate this catalyst per tray. The column
diameter is estimated as 3.90 m using a bulk density of 800 kg/
m3.

Figure 6. (A) Conversion and yield profile, (B) last stage temperature,
and (C) reboiler and condenser duties as a function of the Damkohler
number.

Figure 7. Net reaction rate profile at different Damkohler numbers.
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D
(Holdup)(4)

( )(0.152)π
=

(6)

6. EFFECT OF NUMBER OF REACTIVE TRAYS

The effect of the number of reactive trays on the various design
parameters was analyzed keeping in view the upper limit of the
temperature of the catalyst. As seen in Figure 8a, a yield of 99%
toward the desired product (MMH) could be achieved at 11
reactive trays. These reactive trays also correspond to the lower
reboiler and condenser duties, as illustrated in Figure 8b,c.
Furthermore, for the 11 reactive stages, the temperature of the
last stage was within the permissible limit where catalyst
deactivation would be avoided, as shown in Figure 8d. Adding
more trays will result in either decrease in the required yield or
increase in the heat duties and the upper limit of the catalyst
temperature.

7. OPTIMIZATION OF COLUMN TRAYS

The total number of trays for the RD column, column C2, and
column C3 were optimized for the minimum TAC. Adding
more trays would reduce the column diameter and heat
exchanger area; however, it would also increase the height of
the column, which would ultimately increase the column capital
investment. Table 3 lists the effects of the column trays on these
competing variables. Moreover, for these columns, the optimum
feed locations were chosen to give the minimum reboiler duties.
The optimum numbers of trays for the RD column, column C2,
and column C3 were found to be 35, 12, and 15, respectively.

8. IMPACT OF OPERATING PRESSURE

8.1. Pressure RD Column. According to the calculated
values of the Damkohler number, the system was kinetically
controlled. When a RD column involves kinetically controlled
reactions, the operating pressure thus has a significant influence
on the RD column performance parameters such as the

Figure 8. (A)NetMMHproduced, (B) RD reboiler duty, (C) RD condenser duty, and (D) last reactive stage temperature as a function of the number
of reactive trays.

Table 3. Optimization of Column Trays

RD-Column C2-column C3-column

NT 30 35 40 10 12 15 10 15 22

NFMHopt 1 1 1
NFMeOHopt 13 13 13
NFopt 4 5 6 4 8 13
ID(m) 3.61 3.60 3.58 0.93 0.83 0.8 1.6 1.42 1.39
QR (MW) 1.478 1.340 1.313 0.791 0.724 0.718 0.352 0.185 0.173
QC (MW) 3.055 2.917 3.235 0.005 0.004 0.001 0.814 0.647 0.634
shell 0.317 0.350 0.389 0.067 0.071 0.085 0.120 0.156 0.216
Heat Exchanger 0.196 0.187 0.205 0.086 0.081 0.080 0.103 0.079 0.077
tot. capital cost (106$) 0.513 0.537 0.593 0.153 0.153 0.165 0.223 0.235 0.293
tot. energy cost (106 $/y) 0.383 0.347 0.340 0.246 0.225 0.223 0.091 0.048 0.045
TAC (106 $/y) 0.554 0.526 0.538 0.297 0.276 0.278 0.166 0.126 0.142
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conversion, yield, and net reaction rate profiles.21 A higher
operating pressure results in better process intensification in
terms of internal heat integration due to reaction heat involved.
However, the operating pressure should be selected carefully to
achieve the maximum benefits from process intensification and
to avoid elevated temperatures in the reaction zone that could
lead to catalyst deactivation. The net reaction rate profile with
different operating pressures is shown in Figure 9a. The high
peaks move further to the bottom on increasing the column
operating pressure. This is because reaction mainly occurs at the
bottom of the reactive zone, which favors process intensification
between the reaction and separation involved due to exothermic
heat of reaction. The corresponding heat duties for the reboiler
and condenser decreased, as shown in Figure 9b. Figure 9c
illustrates the effect of the column pressure on the conversion
and yield of MMH. The high operating pressure resulted in a
high temperature in the reactive zone, which favored high
conversion because of the activation energy of forward reaction
being larger than that of the backward reaction. The desired
yield of MMH was obtained at the operating pressure of 1.77
atm. Moreover, the temperature profile was within the
permissible limit (423 K) within which catalyst deactivation
could be avoided. Further increase in the operating pressure
results in a higher temperature not suitable for the MMH
process. Figure 9d shows the temperature of the last stage of the
reactive zone as a function of the RD column operating pressure.
The best option was to fix the operating pressure at 1.77 atm to
ensure a suitable upper limit temperature for the reactive zone.
However, the operating pressure of 2 atm was optimum in terms
of internal heat integration.
8.2. Pressure C2 and C3 column. To assess the economic

impact of pressure, different operating pressures for C2 and C3
column are chosen for minimum TAC. Table 4 gives detailed

results for both columns over a range of pressures. For both
columns energy costs increase as pressure is increased. In
addition, columns diameter decreases as pressure increases. The
operating pressure of column C2 is set at 10 atm, which gives a
reflux-drum temperature of 318 K and permits the use of cooling
water. The base temperature of the C2 column is high (501 K),
which uses high pressure steam. There is a possibility to operate
the C2 column at lower pressure that might be economical since
the condenser duty is very small compared to the reboiler duty.
This alternative design was briefly explored for lower pressures.
For operating pressure of 6 atm, the reflux drum temperature
was 299 K which required 267 K refrigerant at $7.89/GJ. The
cost of 5.616 kW of refrigeration is only 1396 $/year. The
bottom temperature decreases from 501 to 472 K, which still
requires high-pressure steam. The savings in energy cost is about
79415 $/year as reboiler duty decreases from 0.724 to 0.469
MW. These alternative designs were not considered since this
paper is a comparative study with the base case configuration in

Figure 9. RD column pressure as a function of (A) net reaction rate, (B) heat duties, (C) conversion and yield, and (D) stage 12 temperature.

Table 4. Pressure Selection for C2 and C3 Column

column C2 column C3

pressure (atm) 4 6 10 0.1 0.3 0.6

QR (kW) 306.1 469.4 724.8 185.4 349.7 576.8
QC (kW) 7.534 5.616 4.507 647.2 673.9 792.9
TR (K) 450.9 472 501.9 401.6 432.1 453.8
TC (K) 285.6 299.5 318.1 352.1 383.3 406
steam HP HP HP MP MP HP
diameter (m) 1.21 1.12 0.83 1.42 1.07 1
capital cost
(106$)

0.152 0.120 0.153 0.235 0.197 0.205

energy cost
(106 $/y)

0.097 0.147 0.225 0.055 0.098 0.188

TAC (106 $/y) 0.147 0.187 0.276 0.134 0.164 0.257
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which theDME column operates at 10 atm as well. Furthermore,
by operating the C2 column at 10 atm, the bottom stream at 501
K can be effectively utilized for possible heat integration
sequences. The resulting savings from this stream in a heat
integration sequence (developed in later section) gives savings
of about 143009 $/year in terms of energy cost. For pressure in
C3 column, the selection criteria is based on an article by
Luyben,22 where the minimum practical operating pressure is
assumed to be 0.1 atm. Since, the normal boiling points ofMMH
and MHOH are higher than the water-cooled condenser (318
K), this means that the column could be operated under vacuum
if it is economically attractive. Therefore, the operating pressure
selected for the C3 column is 0.1 atm which gives minimum
TAC.

9. SELECTION OF REFLUX RATIO

The influence of the reflux ratio on the performance of the RD
column was investigated further. The relationship between the
conversion of MeOH and MH with the reflux ratio is illustrated
in Figure 10a. A slight decrease was observed for MeOH
conversion, while the MH conversion increased, when the reflux
ratio increased. The desired MMH yield of 99% was achieved at
a reflux ratio of 3.60, at which the conversion of MeOH was
99.9%, as illustrated in Figure 10b. The corresponding reboiler
duty as a function of the molar reflux ratio is illustrated in Figure
10c. Therefore, a reflux ratio of 3.60 was selected for the RD
column for obtaining 99% MMH yield.

10. HEAT INTEGRATION SEQUENCES

Column C2, which operated at 10 atm, had a base temperature
of 501.9 K. Different heat integration sequences were
investigated by circulating the hot stream to various sections
of the proposed RD configuration to further reduce the energy
consumption. First, this hot temperature stream was circulated
to provide boil-up energy to the bottom section of the RD
column and the C3 column for potential energy reduction.
Furthermore, it can be used to boil up the bottom section of
column C3 while the feed preheating of C2 and C3 columns can
be exploited further. Because this process stream contains
unreactedMeOH andMH that should be recycled after possible
heat integration sequences to achieve the desired conversion
and yield inside the RD column.
10.1. Heat Integration Sequence 1. In the first heat

integration sequence, the bottoms of the RD and C3 column
were subjected to boiling using the sensible heat from the
bottom of the C2 column. In the simulation, a refluxed absorber
was selected for the RD and C3 column. The bottom stream
originating fromC2was first introduced to the hot side while the
vapor boilup stream fromRD columnwas introduced to the cold
side of the shell and tube heat exchanger HEX-1. Note that the
minimum approach was set at 10 K and the overall heat-transfer
coefficient U was assumed by 0.0203 cal/(sec·m2·K) from
Luyben3 for all heat exchangers considered in this study. The
heat exchanger area was required to be maintained at 16.63 m2

so 0.36 MW of heat can be transferred into the cold liquid
stream. The reboiler duty could be reduced from 1.34 MW to
0.98 MW using an auxiliary trim reboiler to fully vaporize the
cold vapor boilup stream. In sequence, the outlet of the hot
stream originating from HEX-1 was passed through the hot side
of another heat exchanger HEX-2 to provide boilup to the
bottom of the C3 column. The heat exchanger area for HEX-2
was required at 5.12 m2 for providing 0.18 MW of heat to fully

vaporized the cold vapor boilup stream through sensible heat.
The diameter of column C3 was reduced to 1.4 m because the
internal vapor flow decreased as a result of heat integration. The
hot outlet stream at 433 K from HEX-2, which contained
unreacted MeOH and MH, was recycled back to the RD
column. The resulting heat integration sequence 1 gives savings
of 149050 $/year in terms of operating cost. Figure 11 illustrates
the schematic of the proposed heat integration sequence 1.

10.2. Heat Integration Sequence 2. In this heat
integration, the bottom of the RD column was subjected to
boiling using the sensible heat of the bottom stream from
column C2. In the simulation, a refluxed absorber was selected
for the RD column. The bottom stream originating from the RD
column was split into the column C3 feed and vapor boilup
streams. Meanwhile, the bottom stream originating from
column C2 was introduced to the hot side while the vapor
boilup stream originating from the RD column was introduced
to the cold side of the shell and tube zones of heat exchanger

Figure 10. (A) Conversion, (B) yield, and (C) RD reboiler duty, as a
function of the reflux ratio.
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HEX-1. The heat exchanger area was required to be maintained
at 16.54 m2. The reboiler duty could be reduced from 1.34 MW
to 0.98MW. Because the heat duty of column C2 cannot replace
that of the RD column, an auxiliary trim reboiler was needed to
fully vaporize the cold vapor boilup stream. The boilup stream
was then introduced to the bottom of the RD column. In
sequence, the outlet of the hot stream originating from HEX-1
was passed through another heat exchanger HEX-2 to preheat
the feed stream of column C2. There is a maximum temperature
constraint of 413 K for preheating the feed stream of C2 column.
Increasing the temperature further will result in lower DME
purity which needed a large reflux ratio to meet the design
specification. Therefore, in all heat integration sequences the
maximum temperature was fixed at 413 K where the feed
preheating of the C2 column was done. As a result, this sensible
heat required a heat transfer area of 0.82 m2 to increase the feed
temperature from 407 to 413 K. The reboiler duty was reduced
from 0.72 MW to 0.692 MW. The diameter of column C2 and
C3 was reduced to 0.78 and 1.40 m respectively, because the
internal vapor flow decreased as a result of heat integration. The
hot outlet stream at 453 K from HEX-2, which contained
unreacted MeOH and MH, was recycled back to the RD
column. The resulting heat integration sequence 2 gives savings
of 112182 $/year in terms of operating cost. Figure 12 illustrates
the schematic of the proposed heat integration sequence 2.
10.3. Heat Integration Sequence 3. In this heat

integration, the bottom stream of column C2 was circulated to
provide the sensible heat for vapor boil-up of column C3. The
bottom stream originating from column C3 was first split into
the MHOH product and vapor boilup streams. As illustrated in
Figure 13, the bottom stream originating from column C2 was
introduced to the hot side while the vapor boilup stream from
column C3 was introduced to the cold side of the shell and tube
heat zones of exchanger HEX-1. The hot stream from column
C2 fully vaporized the cold vapor boilup stream through sensible
heat giving a heat exchanger area of 2.42 m2. The hot outlet
stream was circulated through another heat exchanger HEX-2 to
provide sensible heat to preheat the feed stream of column C2,
which gave a heat transfer area of 0.49 m2. The diameter of

columnC2 and C3was reduced to 0.79 and 1.39m, respectively,
because the internal vapor flow decreased as a result of heat
integration. The hot outlet stream at 477 K from HEX-2, which
contained unreacted MeOH and MH, was recycled back to the
RD column. The resulting heat integration sequence 3 gives
savings of 59324 $/year in terms of operating cost. Figure 12
shows the schematic of the proposed heat integration sequence
3.

10.4. Heat Integration Sequence 4. This heat integration
sequence proposed feed preheating of the columns C2 and C3
using the process stream originating from the bottom of column
C2 as the heat source. The heat integration sequence 4 is shown
in Figure 14. First, the hot stream from column C2 was used as a
heat source in the heat exchanger HEX-1 to preheat the feed
stream of column C3. As a result, the reboiler duty was reduced
to 0.013MW, which gave a heat transfer area of 4.72m2. The hot
outlet stream from HEX-1 was further introduced to another
heat exchanger HEX-2 to provide sensible heat to preheat the

Figure 11. Heat integration sequence (1) for the proposed
configuration.

Figure 12. Heat integration sequence (2) for proposed configuration.

Figure 13. Heat integration sequence (3) for proposed configuration.
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column C2 feed stream. The reboiler duty decreased to 0.69
MW, while the required heat exchanger area was 0.48 m2. The
hot outlet stream at 478 K from HEX-2, which contained
unreacted MeOH and MH, was recycled back to the RD
column. In the simulation, the minimum approach temperature
was set at 10 K, while an overall heat-transfer coefficient U =
0.0203 cal/(sec·m2·K) was used for heat exchanger HEX-1 and
HEX-2.3 The diameter of column C2 and C3 was reduced to
0.79 and 1.40 m, respectively, because the internal vapor flow
decreased as a result of heat integration. The resulting heat
integration sequence 4 gives savings of 55912 $/year in terms of
operating cost.

11. DESIGN ECONOMICS
For economic evaluation, the capital costs (pertaining to the
column shell, heat exchangers, and catalyst) and operating costs
(steam in the reboilers, and condenser utilities) were taken into
consideration. An economic assessment of the proposed
configuration for the desired yield of MMH was carried out in
terms of the total annual cost (TAC), with the aid of eq 7 taken
from Kaymak and Luyben:23

TAC
capital cost

payback period
operating cost= +

(7)

The basis for economics and equipment sizing are summarized
in Table 5, taken from the report by Douglas24 and Turton.25

The payback period of three years and energy costs for low
pressure (LP), medium pressure (MP), and the high pressure
(HP) steams were taken to be similar as those in the base case for
fair comparison.

12. RESULTS AND DISCUSSION (PROPOSED
CONFIGURATION W/O HI)

12.1. RD Column. The bottom product at stage 35
contained the desired MMH and a small quantity of the
undesired product MHOH. The distillate product was a small
quantity of DME, produced as a byproduct, together with
unreacted MeOH and excess MH, to be recycled. The
conversions of MeOH and MH were 99.9% and 38.5%,
respectively. The last stage temperature of the reactive stage
was 422.4 K, which satisfied the temperature constraint for the

reactive zone. The reboiler duty was 1.34 MW with a bottom
temperature of 447.8 K, which used medium-pressure steam.
The column diameter according to liquid holdup calculation was
3.90 m. Figures 15a and 15b show the composition and
temperature profiles of the RD column, respectively.

12.2. Column C2. The distillate had a small flow rate of
0.518 kmol/h with 99.9% DME purity. The condenser duty was

Figure 14. Heat integration sequence (4) for proposed configuration.

Table 5. Basis for Economic and Equipment Sizing

column shell cost 17640 × (D)1.066 × (L)0.802

column diameter (m) Aspen Tray Sizing
column length (m) NT trays with 0.61 m spacing plus 20% extra

length
Heat Exchanger Capital Costs

Condenser

capital cost ($) A , A7296( )
Q

U Tcon
0.65

con
con

con con
= + Δ

heat transfer coefficient Ucon = 0.852 kW/(K·m2)
differential temperature
(K)

ΔTcon = reflux drum temp − 318 K

Reboiler

capital cost ($) A A7296( ) ,
Q

U Treb
0.65

reb
reb

reb reb
= + Δ

heat transfer coefficient Ureb = 0.568 kW/(K·m2)
differential temperature
(K)

ΔTreb = 34.8 K

energy cost ($/year) LP steam = $7.78/GJ
cooling water ($/year) MP steam = $8.22/GJ

HP steam = $9.88/GJ
$0.354/GJ

catalyst cost ($) $10/kg

Figure 15. RD column: (A) mole composition profile and (B)
temperature profile.
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0.0045 MW with a reflux drum temperature of 318 K. The
bottom stream was mostly excess MH with a small amount of
unreactedMeOH that was recycled back to the RD column. The
reboiler duty was 0.72 MW with a base temperature of 501.9 K.
The column diameter according to Aspen tray sizing was 0.83m.
Figures 16a and 16b show the composition and temperature
profiles of column C2, respectively.

12.3. Column C3. Column C3 separated the bottom stream
originating from the RD column into MMH and MHOH. The
distillate was 49.02 kmol/h with 99.9% MMH. The condenser
duty was 0.64MWwith a reflux drum temperature of 352 K. The
bottom stream was 0.49 kmol/h with 99.9% MHOH. The
reboiler duty was 0.18 MW with a base temperature of 401 K
that was accompanied by low-pressure steam. The column
diameter was 1.42 m. The composition and temperature profiles
of column C3 are shown in Figure 17a,b, respectively.

13. ECONOMIC ANALYSIS
Economic analysis was carried out for the proposed RD
configuration in terms of the TAC. For the desired yield of
MMH, the proposed RD configuration can reduce the energy
consumption, and TAC by up to 18.2, and 10.8%, respectively.
The results of the heat integration sequence demonstrated
superior performance for HI-sequence 1 that could further
reduce the energy consumption, and TAC by up to 36.7, and
21.8%, respectively. Table 6 summarizes the economic analysis
of the proposed RD configuration and the different heat
integration sequences applied.

The performance comparison in terms of savings of the
proposed RD configuration and heat integration sequences with
the base case is illustrated in Table 7.

14. CONCLUSIONS
The chemical 2-methoxy-2-methylheptane exhibits decreased
solubility in water and has the ability to replace MTBE as a fuel
additive, which causes environmental contamination. To meet
the growing market demand for 2-methoxy-2-methylheptane,
the design of an intensified configuration based on reactive
distillation was proposed. A desired yield of MMH in the
conventional process is usually obtained by maintaining a large
reactor size or by using an excess of MH. Both strategies are
expensive in terms of capital and operating costs. The proposed
configuration uses the RD technology to obtain the desired
MMH yield at significantly lower capital and operating costs.
The results demonstrate that the RD configuration can
significantly reduce the energy consumption and TAC by up
to 18.2 and 10.8%, respectively, compared to the conventional
reactor column sequence. Furthermore, different heat integra-
tion sequences were investigated to further reduce the energy
requirement. The heat integration sequence (1) realized savings
of 36.7 and 21.8% for the energy and total annual cost,
respectively. Future work would include the development of an
effective control structure for the proposed configuration.
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